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Abstract

Steady and dynamic characteristics of catalytic indirect partial oxidation (combined total oxidation and steam reforming) of methane to
hydrogen in a wall-coated microchannel are investigated using computational techniques. Steady-state behavior is initially modeled using a two-
dimensional axisymmetrical wall-coated reactor model. Considering the small channel diameter, adiabatic operation and negligible transport
resistances, response of the microchannel is also investigated using a one-dimensional pseudohomogeneous tubular reactor model. Simulations of
the microchannel are carried out using both models for different feed conditions ranging between 1.89 and 2.24 for CH4/O, and 1.17-2.34 for H,O/
CH,. Outcomes from both models are found to be close, allowing the use of the low-cost one-dimensional model in dynamic simulations. Analysis
of transients during the system start-up indicate that steady state is reached between 100 and 120 s depending on the feed composition. Product
temperature and flow rates obtained from steady-state and dynamic simulations are found to be close with some differences arising from the finite
difference-based numerical method used to solve partial differential equations of the dynamic model. Dynamic responses of the microchannel to
several disturbances in the feed are analyzed. The response to a step increase in the inlet oxygen flow rate (decrease of CH4/O, from 2.24 to 1.89) is
the elevation of temperature by ca. 100 K, which in turn leads to ca. 33% in hydrogen yield, and the time to reach the new steady state is around
90 s. If the disturbance involves an increase in inlet steam flow, temperature and hydrogen yield decrease in time to a local minimum within 10 s

and then gradually increase to the subsequent steady state within 50 s ending up with net reductions of ca. 1.6% and 9%, respectively.

© 2008 Elsevier B.V. All rights reserved.
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1. Introduction

Fuel cells have been recognized to have significant
advantages over their conventional counterparts, such as the
internal combustion engine (ICE), in clean and efficient power
generation [1,2]. Zero emission can be achieved if pure
hydrogen is used as the fuel. Apart from their potential use in
powering vehicles, fuel cells find widespread use in stationary
applications, ranging from small systems located in remote
areas and residences in urban areas to large central power
stations [3,4].

The alternative to establishing a hydrogen refueling
infrastructure that complies with mobile or stationary applica-
tions is to carry or store readily available fuels (primary fuels)
that have high-energy densities and to convert them to a
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hydrogen-rich gas via a fuel processor, on an as-needed basis
[5,6]. The fuel processor, which now becomes a part of the fuel
cell engine (fuel processor/fuel cell assembly), must also meet
the requirements of size and weight, be able to start up very
quickly, and be dynamically responsive to changing power
demands, which impose a varying fuel processing rate [2]. The
fuel processor/fuel cell assembly is an integrated system
consisting of several reactors, heat exchangers, evaporators, a
control unit, peripherals and finally the fuel cell [7,8].

One route for production of fuel-cell grade hydrogen is
indirect partial oxidation of methane (IPOX), which is basically
a combination of total oxidation (TOX) (Reaction (1)) of part of
the primary fuel and the simultaneous or subsequent steam
reforming (SR) (Reaction (2)) of the remaining, running
together with the water-gas shift (WGS) reaction (Reaction (3))
[6-9]:

CHj + 20, = CO, + 2H,0, AHS, = —802.3kJ/(gmol)
(1)
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Nomenclature
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Texit
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Tin
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XCH,
Yco

total surface area of catalyst per unit mass
(m? kg-catfl)

cross-sectional area of reactor (m?)
concentration of species j (kmol m )

heat capacity of species j (kJ kmol ™' K™")
effective radial diffusivity of gas mixture
(m®s™")

activation energy of reaction i (kJ kmol ')
flow rate of species j (kmol s~ ")

flow rate of species j at =0 (kmol s~ ")

flow rate of species j at z=0 (kmol s~ ')

total flow rate (kmol s~ )

total flow rate at z=0 (kmol s~ )
gas hourly space velocity
reactor hfl)

heat of reaction i at T (kJ g molfl)
heat of adsorption of methane (kJ kmol ™)

heat of adsorption of oxygen (kJ kmol ™)
reaction index

species index

rate constant for reaction i (kmol kg—cat_1 h
intrinsic reaction rate of reaction i (kmol kg-
cat”! hfl)

equilibrium constant of reaction i, (bar2 fori=2,
dimensionless for i = 3)

adsorption equilibrium constant for methane
(bar 1)

pre-exponential factor used for calculating K¢y,
(bar™)

adsorption equilibrium constant for oxygen
(bar™")

pre-exponential factor used for calculating K¢,
(bar™")

length of the microchannel (m)

partial pressure of species j (bar)

total pressure (bar)

total pressure at z =0 (bar)

rate of reaction i (kmol kg—cafl sfl)

total rate of formation or depletion of species j
(kmol kg-cat*1 sfl)

Reynolds number

time (s)

temperature (K)

reactor exit temperature at steady state (K)
temperature at =0 (K)

temperature at z =0 (K)

linear fluid velocity at the centerline (£=0)
(ms™

volumetric flow rate (m3 sfl)

inlet volumetric flow rate (m>s™ ')

methane conversion at steady state

carbon monoxide yield at steady state (moles of
CO produced/100 moles of CH, fed)

(m3-gas m>-

VH, hydrogen yield at steady state (moles of H,
produced/100 moles of CH,4 fed)
V4 axial coordinate (m)

Greek letters

Ebed bed void fraction

Aer effective radial thermal conductivity of gas mix-
ture (W m! Kil)

& radial coordinate (m)

s bulk catalyst density (kg-cat m )

¢ diameter of the microchannel (m)

CH, + H,0 = CO +3H,, AH3, = 206.2k]/(gmol)  (2)

CO+H,0 = CO, +Hy, AHS = —41.2kI/(gmol)  (3)

Reforming of CO, runs much slower than Reaction (2) in
the presence of sufficient steam, and, its existence is therefore
neglected [6]. The IPOX reactor lies at the heart of a fuel
processor/fuel cell assembly for use in mobile or small-scale
stationary applications; it is the main hydrogen-generating unit
which is followed by hydrogen enriching and cleaning units,
i.e. water-gas shift and preferential CO oxidation (PROX)
reactors [7,8]. The success of the IPOX route depends on the
degree of heat transfer achieved between exothermic TOX and
endothermic SR reactions. This can be achieved on a nanoscale
basis by using a bimetallic Pt—Ni catalyst on which Pt and Ni
metals are reported to help in driving total oxidation and steam
reforming of light hydrocarbons, respectively, thus making the
catalyst to act like a heat exchanger [10,11]. In addition to the
heat transfer between the two reactions, transport resistances
between the bulk fluid and solid catalyst phases can also be
significant due to the presence of high reaction enthalpies
(—802.3 kJ mol ! for TOX and 206.2 kJ mol ' for SR). At this
point, reactor geometry, in addition to the type of catalyst, can
be critical: the use of microstructured multichannel wall-
coated catalytic microreactors can improve the IPOX
performance. Micrometer-scale characteristic dimensions of
the microchannel reactors facilitate heat transfer between the
two reactions (Reactions (1) and (2)) and minimize heat and
mass transfer resistances [12—15]. These novel reactors are
compact and have high surface area-to-volume ratios that help
in resolving the volumetric space related issues and improving
dynamic response characteristics against changes in the feed
conditions. These beneficial features make microchannel
reactors ideal for use as fuel processors in hydrogen fuel cell
applications [12-15].

The fuel processor/fuel cell assembly can be modeled
accurately for steady-state operation, but analysis of transient
response to a rapid change in the operating conditions (such as
feed composition) in stationary or mobile applications calls for
the development of a dynamic model [2]. It can then be possible
to implement accurate control and coordination of the assembly
based on its dynamic behavior. In multichannel wall-coated
microreactors, analysis of a single channel can represent the
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behavior of the whole reactor, since the channels have identical
geometries and are subject to the same operating conditions
[15]. It is reported that the diffusion paths in catalytic coatings
of the microchannels are small, so that heat and mass transport
resistances can be neglected [15,16]. In addition, small channel
diameters and presence of adiabatic conditions allow neglect-
ion of gradients in the radial direction. Therefore the catalytic
phenomena occurring at the channel walls can be considered to
run within a pseudohomogeneous tubular geometry at a single
spatial dimension, which can be modeled using a one-
dimensional pseudohomogeneous tubular reactor model [16].

The present paper investigates steady-state and dynamic
behaviors of indirect partial oxidation of methane to hydrogen
over a bimetallic Pt—Ni/8-Al,0; catalyst coated on the walls of
a microchannel operating adiabatically. For this purpose a two-
dimensional axisymmetric wall-coated reactor model is
formulated. This model is then compared with a one-
dimensional pseudohomogeneous tubular reactor model to
verify the statements mentioned above. Comparisons are made
at steady state for a set of feed conditions (CH4/O, = 1.89-2.24
and H,O/CH, = 1.17-2.34) and the results from both models
are found to give similar results (Section 4) which allows the
use of a one-dimensional model through which the transient
behavior of the microchannel is much easier to formulate and
faster to solve. Therefore, the one-dimensional model is used to
study the start-up phenomena within the catalytic microchannel
for different feed compositions. In addition to start-up
characterization, responses of the microchannel, which is
initially at steady state, to a set of disturbances in the feed, i.e.
changes in methane-to-oxygen and steam-to-methane ratios,
are analyzed. Parameters that quantify the dynamics of the
reaction system such as qualitative and quantitative variations
in product flow rates and the time to reach to new steady states
are figured out.

2. Mathematical modeling

Methane can be converted to hydrogen over a bimetallic Pt—
Ni catalyst by indirect partial oxidation which is the
combination of total oxidation, steam reforming and WGS
reactions (Reactions (1)—(3), respectively) [10]. This process is
autothermal, i.e. heat and part of the steam released by
exothermic total oxidation, driven mainly by the Pt sites, are
harnessed by endothermic steam reforming, driven mainly by
the Ni sites [10,11]. The first step in indirect partial oxidation is
the initiation of catalytic combustion, also called surface
ignition (Reaction (1)). Once triggered, the process involving
oxidation and steam reforming sustains itself. However, the
light-off temperature at which ignition takes place depends on
the type of fuel being used and the inlet fuel/oxygen ratio. The
light-off temperature is defined as the value at which 10% of the
oxidation conversion of the fuel is obtained [10,17].

2.1. Steady-state operation

The steady-state behavior of the wall-coated microchannel
having a circular cross-section can be modeled using a two-

dimensional axisymmetric reactor model. In this model
(Egs. (4)—(10)), reactions run on the catalytic wall of the
microchannel, the thickness of the catalyst layer is neglected
and adiabatic operating conditions are assumed:

@]
%iéfzo (atk = 0) ©)
‘z_gzo (at& = 0) 7)
—Der%zi—j (atk = ¢/2) (8)
_xerg:g—'(‘f”')("") (at€ = ¢/2) ©)
Fj=F T=T" (atz=0) (10)

In Eqgs. (4)—(10), i and j are reaction and component indexes,
respectively. Total number of reactions and components
involved in methane IPOX are taken as 3 (TOX, SR and
WGS) and 7 (CH4, H,0O, CO, CO,, H,, O, and N,), respectively.

It has been reported that microchannel reactors are
employed in measuring intrinsic rate constants of hetero-
geneously catalyzed reactions [15,16]. This is due to the fact
that heat and mass transfer resistances are negligible as a result
of micro-scale characteristic dimensions and short diffusion
paths [15]. Neglection of transport resistances allows the
reaction system to behave like a pseudohomogeneous entity. In
addition, radial gradients can be ignored due to the small
channel diameters and adiabatic conditions employed. There-
fore, the behavior of the wall-coated microchannel can also be
quantified by using a one-dimensional pseudohomogeneous
tubular reactor model (Eqs. (11)—(13)):

dF;

d_zj = AcopR; (11)
dT _ Ay 37 (ZAH) (=ri) (12)
dz i1 Fieps

F;=F  T=T" (atz=0) (13)

Rate laws of IPOX reactions (Reactions (1)-(3)) are
obtained from literature. Total oxidation of methane (Reaction
(1)) is reported to be driven mainly by the Pt metal of the
bimetallic Pt—Ni/3-Al,0j3 catalyst [11]. Therefore, the rate of
TOX is calculated using the Langmuir-Hinshelwood type
expression proposed by Ma et al. [17] for a Pt/3-Al,O; catalyst:

. le(C?H4 Pcuy/ K(C)z Po, (14)

2
(1 + Kéy, Pen, + /K5, Po,)
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Table 1
Parameters for calculation of the rate and adsorption equilibrium constants in
Eq. (14) [17]

ko (kmol kg-cat ™' h™") E; (kI kmol ")

135.587 —34,153

k] = k01 exp(f %)

Kéy,o (bar™)  AHgy, (kI kmol™")

3 x 10" —231,680

K&y, = K¢ ey
cHy, = Beny 0 XP\ — —R7

K§, o (bar ) AH, (kJ kmol ")

2 x 10% —306,191

C C AHE)Z
Koz :Koz.o EXp| — &t

Temperature dependence of the rate and adsorption
equilibrium constants of Eq. (14) are expressed by equations
of the Arrhenius type whose parameters are given in Table 1.

Methane steam reforming and the accompanying water-gas
shift reactions are found to be catalyzed mainly by the Ni sites
of the bimetallic catalyst [11]. Based on this fact, kinetic
expressions proposed by Numaguchi and Kikuchi [18] for
calculating rates of methane SR (Eq. (15)) and WGS (Eq. (16))
over a Ni/Al,Oj; catalyst are used, and the parameters of these
equations are given in Table 2:

ka(pew, — Py, Pco/Keq2)

—r = (15)
P
. :k3<,,co_m) (16)
Keq,3

2.2. Dynamic operation

The equations for the steady-state models also hold for the
dynamic models with the addition of the time-dependent
concentration and temperature terms which lead to a system of
partial differential equations (PDE) as in the case of one-
dimensional pseudohomogeneous model (Egs. (17)—(20)):

ac j 1 oF j

Ebed .-

__LOF R 17
o - A, o TP 17

7

7 3
T i (Fjepy) aT
eoeay_(CjCp)) Pl SECEE Tt oy (—AH) (<)
j=1

Fj=F" T=T" (atz=0) (20)

The variables and their units in Egs. (17)-(20) are the same
as those for the steady-state model (Eqgs. (11)—(13)).

Effect of volume change in gas phase is usually neglected
when the difference between the amounts of reactants and
products is small. However, Reaction (2) reveals that volume
change needs to be included in the model since 3 moles of
hydrogen are produced from 1 mole of methane. The steady-
state model captures this effect implicitly while an extra
equation is necessary in the dynamic model. This arises from
the relation F; = c;v, which is used for conversion from
concentration to flow rate in Eqs. (17) and (18) during the
simulation. Volume change with reaction is evaluated using the
following relation:

. F in T
vv“‘(i)pT<m> (21)
Fy ) pr \T

where v is the volumetric flow rate anywhere in the reactor at
any time, Frand T the total flow rate and temperature anywhere
in the bed at any time. Differentiating Eq. (21) with respect to
the spatial coordinate z and neglecting pressure drop, one
obtains

dv o [ dFp ar
dz  FinTin ( @ T ) @2)

The time dependence of v is handled implicitly through the
dependence of Fr and T by Eqgs. (17) and (18) with which
Eq. (22) is coupled at each time step.

2.3. Numerical methods

In solving the two-dimensional axisymmetric wall-coated
reactor model (Egs. (4)—(10)), which are partial differential in
character, the first and second derivatives of concentration (c;)
and temperature (7) with respect to radius (£) are approximated
using a forward finite difference formula and a second order
central difference formula, respectively, by dividing the radial
domain into 50 equal intervals. The resulting ordinary
differential equations are then solved along the axial direction
using the method of lines.

The differential mole and energy balances comprising the
steady-state one-dimensional pseudohomogeneous tubular
reactor model (Eqgs. (11)-(13)) form a system of ordinary
differential equations (ODE). This equation set is solved using a

Ac 0z —
=1 modified Runge—Kutta routine capable of handling stiff
(18) systems under the MATLAB™ environment.
The system of coupled non-linear partial differential

Fj=Fjo; T=To (att=0) 19) equations ((17)—(20)), describing the transient (dynamic)
Table 2
Rate equations for methane steam reforming and water-gas shift reactions
i ko; * (g mol kg-cat™ ' s ") E;* (kJ kmol 1) Keqi Reference
2 2.62 x 10° bar 0404 106,900 4707 x 10'? exp(—224,000/(RT)) bar’ [18]
3 2.45 x 10* bar ™! 54,500 1.142 x 1072 exp(—37,300/(RT))

* k; = ko; exp(—E/RT).
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one-dimensional pseudohomogeneous tubular reactor model,
are discretized both in the spatial and temporal domains using
the explicit, finite difference-based two-step Lax—Wendroff
method, whose stability is controlled by the Courant—
Friedrichs-Levy (CFL) criterion [19,20]. In this method, the
spatial domain is divided into 50 equal increments and a time
step in the order of 10 *s is used to ensure preventing non-
physical oscillations of the time-dependent and position-
dependent variables. The CPU time is accordingly high, which
varies between 10 and 13 h for one single simulation on a
Hewlett-Packard workstation xw6200 equipped with a Pentium
4 Xeon processor running at 2.8 GHz. A computer code
comprised of several subroutines for evaluation of the reaction
rates, heat capacities and heat of reactions is compiled and
executed under the MATLAB™ environment.

2.4. Operating conditions

The operating conditions and geometric data used in the
steady-state and dynamic simulations are given in Table 3.
Operating conditions and data pertinent only to dynamic
simulations are presented separately in Tables 4 and 5. The
amount of methane fed is kept constant in each run and air and
steam flow rates at the reactor inlet are dictated by the methane-
to-oxygen (CH4/O,) and steam-to-methane (H,O/CH,) ratios.
Data given in Table 3 are adapted from the data of an
experimental autothermal steam reforming reactor reported by
Ma and Trimm [10]. Note that data such as py,, and &4 are used
only in simulating the microchannel behavior using the one-
dimensional model based on the reasons mentioned in Section
2.1 and discussed in Section 3.

Apart from CH4/O, and H,O/CHy, ratios, another operating
parameter is the gas hourly space velocity (GHSV) defined as
the amount of gas flowing in the channel
(m?® gas m® reactor ' h™") at standard temperature and pres-
sure. The amount of methane fed into the channel is kept
constant in each run by adjusting the GHSV values accordingly

Table 4
Initial and feed conditions for the simulation of reactor start-up

M. Karakaya et al./Catalysis Today 139 (2009) 312-321

Table 3

Operating conditions and geometric data

™ (K) 800

F&;, (kmols™") 465 x 107*
Pt (atm) 2.9

¢ (m) 13 %1073
L (m) 32x 107!
a. (m* kg-cat™") 1.07 x 10°
dee Wm™ 'K 22x 107!
Do m?s7 ) 425 % 107°
o (kgm™>) 1167

Ebed 0.45

[10]. In all runs, the feed mixture is composed of methane, air
and steam.

When considering dynamic simulations, particular emphasis
should be made that start-up of the reactor and start-up of
indirect partial oxidation are considered as two different
phenomena. In the case of reactor start-up, there is no flow in
the reactor initially. At r=0, flow of a non-reactive gas,
nitrogen, is allowed at a predetermined rate, the dynamics of
which is governed solely by the laws of fluid dynamics. Once
the flow rate and temperature settle to a steady-state value, the
reactive mixture consisting of methane, air and steam is fed into
the reactor. This is called the start-up of indirect partial
oxidation. For simplicity, it is assumed that the non-reactive
nitrogen is flowing at the same GHSV and temperature as the
reactive gas mixture.

In order to gain insight into the dynamic behavior of the
reaction system upon imposition of a change in the feed
conditions, two cases are investigated: The first one involves a
decrease in the CH4/O, molar ratio, and the second, an increase
in the ratio of H,O/CH,. The volumetric flow rate is
accordingly adjusted so as to keep the amount of methane
fed constant at 4.65 x 10 % kmol s~ before and after the
disturbance. The steady-state (or initial) values at =0 are
directly taken from the simulation results for the start-up

Run t =0, non-reactive flow (N,) t > 0, reactive flow (CH,4, H,O and O,)
CH,4/0, H,0/CH,4 GHSV 7" CH4/0, H,0/CH, GHSV 7™
(mol/mol) (mol/mol) ) (K) (mol/mol) (mol/mol) ) (K)
1 - - 37,600 800 2.24 1.17 37,600 800
2 - - 41,100 300 1.89 1.17 41,100 800
3 - - 51,300 800 1.89 2.34 51,300 800
Table 5
Feed conditions before and after the disturbance
Case Before disturbance After disturbance
CH,4/0O, H,0/CH,4 GHSV 7™ (K) CH,4/O, H,0/CH4 GHSV 7"
(mol/mol) (mol/mol) ) (mol/mol) (mol/mol) (™Y (K)
1 2.24 1.17 37,600 800 1.89 1.17 41,100 800
1.89 1.17 41,100 800 1.89 1.56 44,500 800
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Table 6
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Comparison of steady-state simulation results from two-dimensional axisymmetrical wall-coated microchannel model (2D WC) and one-dimensional pseudoho-

mogeneous tubular reactor model (1D PH)

Run  Feed conditions XCH, VH, Yco Tmax (K)
CH4/O, H,O/CH; GHSV 1DPH 2D WC 1IDPH 2D WC 1IDPH 2D WC IDPH 2D WC
(mol/mol)  (mol/mol) (h™h
E=0 &=¢2 £E=0 E=¢/2 E=0 E&=¢12 E=0 E=¢/2
1 2.24 1.17 37,600 86.83 72.50 74.87 171.25 126.10 130.61 86.80 78.66  79.03 988.10  971.33 970.25
2 1.89 1.17 41,100 96.59 7891 79.45 184.00 151.83 153.37 96.54 86.25 88.63 1063.55 1051.07 1048.37
3 1.89 2.34 51,300 90.80 7322 75.51 166.64 132.61 135.08 90.74 79.64 81.00 1054.88 1029.20 1027.80

analysis. The inlet temperatures are not altered. For each case
the feed conditions are shown in Table 5.

3. Results and discussion

The steady-state simulation results — total methane
conversion, hydrogen and carbon monoxide yields at the
reactor exit and maximum temperature in the reactor under the
specified feed conditions — from two-dimensional axisym-
metric wall-coated reactor model and one-dimensional
pseudohomogeneous tubular reactor model are presented in
Table 6.

For all feed conditions (Runs 1, 2 and 3 in Table 6), methane
conversion and product yields are found to be slightly higher in
the catalytic wall (§ = ¢/2) than in the centerline (§ = 0). This is
due to the fact that IPOX reactions (Reactions (1)—(3)) are
assumed to run in the catalytic zone and homogeneous gas
phase reactions are neglected. On the other hand, an opposite
trend, i.e. higher T at £ =0 is observed for the maximum bed
temperature, T,.x. This can be explained by the dominance of
endothermic steam reforming at the downstream of the
microchannel (shown by a flattening temperature profile

980wy

950 et

el
[
<
L

Temperature (K)
2
b5

o0

[}

(=]
L

30

Fig. 1. Axial and radial temperature profiles within the wall-coated micro-
channel simulated by the two-dimensional axisymmetrical model (CH,/
0, =2.24 and H,O/CH, = 1.17).

towards the exit zone) at which the maximum temperature is
observed (Fig. 1). Such an effect can facilitate rate of heat
removal within the catalytic zone faster at the microchannel
exit due to the dominance of endothermic chemistry, which
then causes catalytic wall to become slightly cooler than the
gaseous bulk fluid phase.

It was mentioned in Section 2.1 that the thickness of the
catalyst layer was assumed to be negligible when compared
with the microchannel diameter. This causes the dimensions of
diffusion paths to be short and, as a result, heat and mass
transfer resistances within the catalyst layer to be insignificant,
which is one of the beneficial characteristics of the catalytic
microstructured reactors [12—-15]. Similarly, gradients between
the solid and gas phases seem to be negligible. Table 6
demonstrates that the results found at the centerline (£ = 0) and
at the catalytic wall (& = ¢/2) of the microchannel are close to
each other. This can be explained by the high fluid flow rates
employed (900-1250 cm s, corresponding to GHSV values
ranging between 37,600 and 51,300 h™'). Presence of such high
flow rates helps in minimizing heat and mass transfer
resistances between the catalytic wall and the bulk fluid due
to a well-mixed environment at the interface. When this fact is
combined with the presence of short radial distances and
adiabatic operating conditions, temperature and concentration
gradients along the radial direction, between the catalytic wall
and the gaseous fluid phase, become insignificant (Table 6). It is
worth noting that high fluid flow rates given above correspond
to Reynolds numbers varying between 160 and 220 due to the
small channel diameter employed, 1.3 x 107> m (Table 3).
This operating window is defined by laminar flow (Re < 2000),
which is the fluid mechanical characteristic of the microchannel
reactors [12-15].

The results above allow the reaction system to be analyzed in
one dimension, along the axial coordinate only, and as a
pseudohomogeneous entity. Therefore, the steady-state beha-
vior of the microchannel is modeled and simulated using a one-
dimensional pseudohomogeneous tubular reactor model
(Egs. (11)—(13)). Outcomes of this model are presented in
Table 6 and in Fig. 2. Both models demonstrate similar
qualitative responses against changes in the feed ratios. At
constant steam-to-methane molar ratio, a decrease in the
methane-to-oxygen molar ratio leads to elevated maximum bed
temperatures and an increase in the hydrogen yield. Increasing
the molar flow rate of oxygen in the feed will result in
combustion of more methane; hence more heat will be released
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Fig. 2. Axial temperature profiles along the wall-coated microchannel simu-
lated by the one-dimensional tubular reactor model for different feed ratios.

by total oxidation (Fig. 2). Although this will leave less
methane for hydrogen generation via Reaction (2), resulting
higher bed temperatures will enhance endothermic steam
reforming reactions and result in higher hydrogen and carbon
monoxide yields, as shown in Table 6 and by Ma and Trimm
experimentally [10]. At constant methane-to-oxygen ratio, an
increase in the inlet molar flow rate of steam lowers the
maximum bed temperature (Table 6 and Fig. 2). A possible
explanation is the role of steam in facilitating heat exchange
between the Pt and Ni sites on the catalyst, which was
demonstrated experimentally for indirect partial oxidation of
methane [10] and propane [21]. In most studies, steam is
reported to inhibit methane steam reforming, though a few
studies indicate zero and positive reaction orders with respect to
steam [22]. In parallel to this trend, steam reforming rate law
given in Eq. (15) predicts an inverse proportionality between
reaction rate and partial pressure of steam [18]. Therefore CO
and H, yields are found to decrease with an increase in steam
flow rate (Table 6).

Comparison of both models on a quantitative basis shows
that for all feed ratios, maximum bed temperatures simulated
by the one-dimensional model are slightly higher than those
estimated by the two-dimensional model, with a difference of
ca. 2% or 20 K (Table 6). These differences are based on the
average of individual differences between two models
calculated for each run (for two-dimensional model, the results
reported for the catalytic wall are taken into account). Such a
temperature difference can considerably favor kinetics of
methane steam reforming at an exponential rate as given in
Eq. (15) and in Table 2, which explains the average differences
of 10% and 25% in simulated carbon monoxide and hydrogen
yields, respectively (Table 6). The ratio of these differences
between product yields is equal to 2.5 and is close to the
stoichiometric H,/CO ratio of methane steam reforming (equal
to 3); the difference comes mainly from the water-gas
shift (Reaction (3)) which runs together with steam reforming
and, therefore, consumes hydrogen, back produces carbon

monoxide and reduces H,/CO ratio at high steam reforming
conversions (Table 6). This indicates that the deviations
between the models are characterized mainly by the
temperature sensitivity of methane steam reforming whose
magnitude is dictated by the rate expression used (Eq. (15)).

Comparison of the temperature profiles show that the one-
dimensional model predicts a hot-spot formation at the
downstream zone, followed by a ca. 50K decrease in
temperature, whereas the two-dimensional model predicts a
temperature profile flattening smoothly without any hot-spot
generation (Figs. 1 and 2, CH4/O,=224 and H,0/
CH, = 1.17). Although both models differ in temperature only
by 2%, the difference in the temperature profiles gives an
insight about the operation of a wall-coated microchannel
reactor and a tubular packed-bed microreactor. The former has
much better heat transfer characteristics and temperature can be
distributed uniformly along the microchannel, especially when
metallic substrates are employed [12—-14]. However, due to its
heat transfer characteristics, the packed-bed operation may lead
to hot-spot formations in case of highly exothermic reactions,
as also shown in Fig. 2. Therefore, use of microchannel
geometry rather than a packed-bed scheme can bring robustness
against catalyst deactivation by hot spot driven thermal
sintering [15].

Dynamic analysis of the microchannel operation requires
the inclusion of time as a variable to the model equations ((4)-
(10)). This leads to a partial differential equation set with three
independent variables (¢, £, z). However, if the same analysis is
performed using the one-dimensional model, the cost of
mathematical solution will be significantly lower due to the
presence of two independent variables in the resulting PDE set
(t, z). Comparison of the steady-state results shows that both
models give close responses, and the differences in product
yields of two models are mainly due to the temperature
sensitivity of the rate expression used to describe methane
steam reforming. Therefore, the one-dimensional pseudoho-
mogeneous tubular reactor model can be used in making
approximate but descriptive analysis of a wall-coated micro-
channel at a significantly reduced cost of formulation and
solution. Similar studies using the one-dimensional model for
analyzing the kinetics of a first order heterogeneous reaction
running over the walls of a tube have been reported [15,16].

The model equations used to analyze the transient
characteristics of the wall-coated microchannel are given in
Section 2.2. Simulation results for the start-up of indirect partial
oxidation subject to different initial and boundary conditions
(Table 4) show that temperature increase in the axial direction is
monotonic, and is consistent with the results obtained from the
steady-state simulations (Fig. 3). Likewise, temporal increase
in temperature at every point of the reactor is observed until
steady state is reached. The duration of transient operation is
between 100 and 120s (Fig. 3). Note that the temperature
profile of Run 1 is given as the representative result in Fig. 3,
since Runs 1-3 are found to exhibit similar trends.

The steady-state product and exit temperatures at each run,
predicted by steady-state and dynamic simulations are
presented in Table 7. The deviations between two simulation
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Fig. 3. Temperature variation in the microchannel as a function of time and axial distance (CH4/O, =2.24 and H,O/CH, = 1.17).

types are small: the average of the percentage differences of
three runs in the exit temperatures and methane conversions are
2.4% and 8.1%, respectively. These differences are mainly
attributed to the approximations introduced by the numerical
method used for solving the set of partial differential equations
((17)-(20)) [19,20]. Deviations in the product yields, on the
other hand, are more significant and are equal to 21.8% for
hydrogen and 23.9% for carbon monoxide yields (based on
average of the percentage differences of three runs) (Table 7).
Temperature sensitivity of the rate expression used to quantify
methane steam reforming kinetics, which was mentioned
above, seem to have a role in these higher deviations. Both
simulation types predict the magnitudes of the exit tempera-
tures in the order of Run 2 > Run 3 > Run 1. In Run 2, a
temperature difference of 12.5 K leading to 1081.9 K results in
increases of 32% and 36% in H, and CO yields, respectively
(Table 7). In Run 3, where the dynamic simulation predicts a
4% higher exit temperature of 1066.3 K, increases in H, and
CO yields are limited to 24.8% and 26.8%, respectively. In Run
1, where the exit temperature is predicted to be below 1000 K,
both of the product yields seem to deviate only by ca. 8.7%.
These results clearly show that, even though their deviations are
small, the higher the magnitudes of the exit temperatures, the
more the product yields from steady and dynamic simulations
deviate. Such a trend indicates the dominance of temperature
response of methane steam reforming. Apart from their

Table 7
Comparison of steady methane conversions, product yields and temperatures
obtained from steady-state and dynamic simulations

Run Steady-state simulation Dynamic simulation

XcH, Y, yco  Texie K) xcuy,  ym, Yeo  Texic (K)
1 82.60 202.06 4491 998.56 7137 219.66 48.86 978.53
95.60 225.80 53.71 1069.44 88.80 297.86 73.04 1081.87
3 86.02 203.25 46.00 1024.82 82.82 253.66 58.33 1066.28

quantitative similarity, both simulation types give similar
qualitative responses. The results obtained by dynamic
simulations conform to the trend that a decrease in the
methane-to-oxygen ratio leads to higher temperatures, which in
turn increases the hydrogen yield (Runs 1 and 2 in Table 7).
Also, at constant methane-to-oxygen ratio, an increase in the
steam flow rate lowers the bed temperature (Runs 2 and 3 in
Table 7). Although catalytic operation is not expected to be
adversely affected at these conditions, the exit temperature in
Run 2 is critically high, which, in case of a disturbance, may
begin increasing indefinitely (run-away situation), hence the
catalyst may become prone to sintering.

In addition to the analysis of reactor start-up, responses of
the microchannel, which is initially at steady state, to a set of
disturbances in the feed, i.e. changes in methane-to-oxygen and
steam-to-methane ratios, are also investigated. In case of a
disturbance that involves a decrease in the methane-to-oxygen
ratio from 2.24 to 1.89, more methane is combusted as a result
of increased flow rate of air (Tables 5 and 8). This eventually
leads to elevation of the temperature as illustrated in Fig. 4.
Before the disturbance, the highest temperature attained by the
partial oxidation process at steady state is 978 K, which, upon
the change in the feed condition increases to its new steady-
state value of 1073 K within a time period of ca. 90s.
Temperature increase leads to the generation of more
exothermal heat, which is then utilized by the endothermic

Table 8
Methane conversion, product yields and exit temperatures at subsequent steady
states

Case Before disturbance After disturbance

XCHy;  YH, yeo  Texit K)  xcmy,  yu, yeo  Texit (K)
1 71.37 219.66 48.86 978.53 87.90 291.70 70.95 1073.07
2 88.80 297.86 73.04 1081.87 85.34 272.37 64.53 1065.02




320

Temperature (K)
=4
3
7

0 0

M. Karakaya et al./Catalysis Today 139 (2009) 312-321

35

Fig. 4. Variation of temperature upon the decrease in CH4/O, from 2.24 to 1.89.
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Fig. 5. Variation of temperature upon the increase in H,O/CH, from 1.17 to 1.56.

steam reforming, resulting in 33% increase in hydrogen and
45% increase in carbon monoxide yields, respectively (Case 1,
Table 8). Increase in methane conversion is both due to higher
total oxidation and steam reforming conversions achieved.

In contrast with the temperature increasing effect of air
addition, increase in the steam flow rate, as verified by steady-
state and start-up simulations, lowers the reactor temperature
(Tables 6 and 7). The same behavior is expected when this
addition is made by way of a disturbance that alters the H,O/
CH, feed ratio of the reaction system, that is initially at steady
state. Fig. 5 shows that when the inlet steam-to-methane ratio is
increased from 1.17 to 1.56 (Table 5), at the same time keeping
the amount of methane constant, a temporal temperature
decrease is observed for about 10s until a minimum is
encountered, in this case corresponding to 1059 K. After 10 s
the temperature begins to rise and settles to the steady-state
value of 1065 K in 50 s.

The rates of steam reforming reactions are accountable for
the inverse response realized in Fig. 5. Steam reforming is
favored at high temperatures, however, upon increasing the
steam flow rate, the temperature, hence the reforming rate is
lowered. While reforming, which can be considered as a heat
sink, heat released by the exothermic total oxidation raises the
temperature. Since there is no other exogenous disturbance
involved, increase in temperature and product yields is
observed until the subsequent steady state is reached with
decreases of 9% and 12% in hydrogen and carbon monoxide
yields, respectively (Case 2, Table 8).

4. Conclusions
Mathematical models have been developed for simulating

the steady and dynamic behaviors of a wall-coated catalytic
microchannel in which hydrogen is produced from methane by
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an indirect partial oxidation mechanism. The system is modeled
at steady state using a two-dimensional axisymmetric wall-
coated reactor model and a one-dimensional pseudohomoge-
neous tubular reactor model. The latter has the advantages of
easier formulation and solution and has been proposed due to
small channel diameter, adiabatic operating conditions and
minimized transport resistances, all of which allow the system
to be considered as a pseudohomogeneous entity having
significant gradients only in the axial direction. Qualitative and
quantitative results of the simulations, carried out for feed ratio
ranges of 1.89 < CH4/O, < 2.24 and 1.17 < H,O/CH, < 2.34
for both models, are found to be close to each other; average
difference between the simulated maximum bed temperatures
are within 2%. Differences in product yields — 25% for
hydrogen and 10% for carbon monoxide — are mainly due to the
temperature sensitivity of the rate expression used to describe
methane steam reforming kinetics. Based on these observa-
tions, numerical analysis of the transients of the microchannel
operation is conducted using the lower cost one-dimensional
model. The unsteady state (dynamic) one-dimensional model is
then solved to characterize start up of the IPOX operation at
three different combinations of feed ratios. The period between
the start up and steady state of the microchannel is found to be
between 100 and 120 s depending on the feed ratio. When
compared with its steady-state counterpart, the dynamic model
gave somewhat higher estimates for the steady-state para-
meters, which is mainly due to the approximation introduced by
the finite difference method used to solve partial differential
equations coupled with the temperature response of steam
reforming kinetics. The series of analyses investigating the
dynamic responses of the microchannel operating at steady
state against disturbances in the feed composition showed that it
took ca. 90 s for the system to reach its new steady state having
ca. 100K of higher exit temperature and 33% of higher
hydrogen yield, when methane-to-oxygen ratio is reduced from
2.24t0 1.89. A temporal temperature decrease from 1082 K and
a 9% reduction in hydrogen yield have been the responses to an
increase in the steam flow rate, changing the steam-to-methane
ratio from 1.17 to 1.56. In 10 s a minimum of 1059 K has been
encountered, but due to the dominant exothermic oxidation
reaction at this minimum, temperature has begun rising and
then settled down to 1065 K in 50 s. Higher CH4/O, (=2.24)
ratios generate heat to drive steam reforming only at lower

rates, whereas increased quantities of steam, dictated by
elevated H,O/CH,4 ratios (=2.34), inhibit steam reforming and
reduce the amount of hydrogen generated. Therefore the feed
composition of CH4/O, = 1.89 and H,O/CH,4 = 1.17 is found to
be optimum in terms of maximum methane conversion and
highest hydrogen yield.
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